Development of a novel impinging-jets contactor for immiscible liquids. Characterisation of drops sizes and interfacial areas for a wide range of conditions. Interfacial areas with the impinging-jets cell were up to two orders of magnitude larger than in conventional contactors. Sauter mean drop diameters in the contactor were correlated with the specific energy dissipation rate at the impinging zone. a r t i c l e i n f o 
Introduction
Dispersed liquid-liquid flows find many applications in process, food and pharmaceutical industries, and wastewater treatment. Among others, dispersions are usually generated in stirred tanks, in-line mixers, or high-pressure homogenisers (Chen and Middleman, 1967; Das et al., 2013; Daub et al., 2013; Lee and Norton, 2013; Lemenand et al., 2003) , where non-uniform flow fields often result in wide drop size distributions. Microfluidic devices have also been used for the generation of dispersions with narrow size distribution (Parhizkar et al., 2013) . The flowrates possible with microfluidic devices are, however, small and limit their industrial application.
Narrow drop size distributions and high throughputs can be achieved in impinging-jets cell configurations, where two fluid streams collide with each other at high flow rates (Mahajan and Kirwan, 1996) . The energy dissipation due to collision and redirection of the fluid jets in small volumes can be one to two orders of magnitude higher than in conventional contactors (Maab et al., 2011; Saien et al., 2006) and should result in small drop sizes and large interfacial areas. The formation of dispersions is influenced by the energy released during the collision of the opposing jets, while the uniformity of the dispersions depends on the geometric design, the phase ratio, and the intensity of mixing in the impingement zone (Siddiqui, 2014) .
The collision of jet streams in a confined space has mainly been investigated for miscible liquid streams (Fonte et al., 2015; Gao et al., 2013; Icardi et al., 2011; Metzger and Kind, 2016) . Sultan et al. (2012) studied with PLIF the collision of two liquid jets for different geometrical and operational parameters and found that a chaotic regime forms in the impingement zone. Mahajan and Kirwan (1996) characterized micro-mixing effects in an impinging-jets mixer by using a two-step Bourne reaction scheme between 1-napthol and diazosulfanilic acid. Moreover, Siddiqui et al. (2009) estimated that the energy dissipation rate in an impinging-jets reactor was almost 2 orders of magnitude higher than in stirred tanks. They also measured the micro-mixing efficiency for a homogeneous and a heterogeneous reaction over a wide range of mixing conditions and reported higher product yield compared to a CSTR reactor.
The studies on impinging jets with immiscible liquids in confined spaces are very limited and have mainly focused on the mass transfer performance of the devices, but not on the hydrodynamic characteristics. Jets were used for extraction separations involving an aqueous and an organic phase by Dehkordi (2001) , but their hydrodynamic properties were not investigated. The phases were brought together at high speed through opposing nozzles. This configuration resulted in high turbulent mixing and overall mass transfer coefficients higher than in conventional contactors for similar power input. Saien and Moradi (2012) investigated the mass transfer performance of an impinging-jets mixer for a butanol succinic acid-water system at different nozzle diameters and distance, and jet velocities, and found improved mass transfer coefficients at reduced specific power input compared to other types of contactors. In a more recent work, Gao et al. (2016) investigated in confined impinging jets the effect of different operating conditions, such as flow rate ratio, nozzle diameter, and distance between the jet axes on the extraction of butyric acid using TBP and kerosene. Impinging-jets mixers have also been used for emulsifications (Siddiqui, 2014; Siddiqui and Norton, 2012) . The effects of flow rates, type of emulsifier, and fluid properties on the mean drop size and the formation of small drops (<2 lm) were investigated with a laser diffraction system.
For the characterization of impinging-jets mixers of immiscible liquids it is important to know the sizes of the forming drops. Measurements can be particularly difficult at high dispersed phase fractions, while for unstable dispersions online measurement techniques are needed. One of the most common techniques to acquire drop size measurements in dispersed flows is imaging, particularly for low dispersed phase fractions (<0.1); at dense dispersions where there are multiple reflections and refractions it becomes difficult to distinguish the interfaces and measure the drop sizes. A number of other techniques have also been used including, among others, droplet encapsulation (Karabelas, 1978) , electrozone sensing (Coulter Counter), local electrical probes (Lovick and Angeli, 2004) , endoscope (Angeli and Hewitt, 2000) , laser diffraction and laser back-scatter particle size analysers (Fang et al., 2009; Siddiqui and Norton, 2012; Simmons and Azzopardi, 2001) , and focused beam reflectance probes (Wang et al., 2014) .
The mixing intensity in the collision region of the impinging jets can be quantified by the specific energy dissipation rate, which is given by the kinetic energy change during the collision of the jets over the mixing volume in the impingement zone (Johnson and Prud'homme, 2003) . Different approaches for the estimation of the energy dissipation rate have been reported in the literature. In the methodology suggested by Johnson (2003) and extended by Siddiqui et al. (2009) a macroscopic mechanical energy balance is carried out over the impingement zone, which includes the potential, kinetic, and pressure energy. The dissipation rate can also be found from the pressure drop measurements and the mechanical energy balance in the impinging-jets region (Zhou and Kresta, 1998a) .
Impinging-jets mixers have the potential to generate liquidliquid dispersions with small drop sizes and narrow distributions. However, the information available on the mixing of immiscible liquids in confined spaces is very limited. In this study, the effects of different geometries, jet velocities and phase flowrate ratios on the formation of dispersions of immiscible liquids and on drop size distribution are investigated. In addition, the average drop sizes are related to the energy dissipation rates in the impingement zone.
Experimental setup and conditions
The impinging-jets cell that was used to investigate the formation of liquid-liquid dispersions is shown in Fig. 1 . The cell was made inside an acrylic block with flat surfaces using a CNC machine. Two side cylindrical channels, opposite to each other, were used as the cell inlets, from where the opposing jets entered the cell. third circular channel in the acrylic block, perpendicular to the previous two but at the same plane, was used as the main channel (chamber) with internal diameter (D) of 2 or 3 mm. At the end of the main channel, an FEP tube was connected with internal diameter (D) the same as the main channel (i.e. 2 or 3 mm). The fluids were fed into the side channels using high-precision continuous syringe pumps (Harvard PHD Ultra), one for each liquid. Drop sizes were measured with a CMOS high-speed camera (Photron Fastcam-ultima APX) , that has a maximum resolution of 1024 Â 1024 at 2000 fps and is equipped with a magnification lens (Â12, LEICA Monozoom 7 optical system). A micrometer stage, multi-axis platforms, and cross rollers were used for both the camera and the cell set up to allow a 3-D relative motion and precise alignment. The measuring area was illuminated with a high power LED backlight. Drop sizes were measured in the impingement zone ( Fig. 1) , where the two jet streams collide, and also further downstream in the FEP tube. To minimise reflections and improve the images, a flat visualization box filled with water was used to enclose the FEP tube. The superficial velocity of each phase in the side jet channels (u j = Q/A, where Q is the flowrate and A is the cross sectional area), varied between 0.17 and 6.2 m/s, while the volumetric flowrate ratio between the two phases, r = Q d /Q c (Q c and Q d are the flow rates of the continuous and dispersed phase respectively), varied between 0.05 and 0.28. Both phases could become continuous depending on the phase flowrate ratio; for the range of flowrate ratios investigated, the fluid with the higher flow rate formed the continuous phase while the other was the dis- , where the organic is the dispersed phase, are shown. The acquired images were analysed using a post processing routine developed within an image analysis software (MIPAR). Each image was binarized using threshold pixel values to discriminate the dispersed from the continuous phase (Fig. 3) ; subsequently drops were split into different size groups, whilst the number of groups depended on the drop size distribution.
From the drop size measurements the Sauter mean drop diameter, D [3, 2] , is calculated as follows:
where n is the number of drops, and d i is the diameter of the drop i in the distribution. The Sauter mean diameter (D[3, 2]) represents the average size of the drops in a dispersion, but it does not reveal the spread or the shape of the distribution. In mass transfer operations it is desirable to have narrow drop size distributions because they ensure uniform conditions, while they help the design of separators for the two phases. It was found that the dispersions formed in the current impinging-jets system could be best fitted by two distributions, i.e. log normal and normal, depending on the continuous phase. Distributions were tested at 5% significance level.
When using image analysis to obtain drop size distributions it is important to measure the size of a sufficiently large number of drops. As shown in Fig. 4 , the cumulative Sauter mean drop diameter D[3, 2] becomes constant after about 450 counted drops for 3 indicative cases, covering a range of u mix from 0.05 to 0.11 m/s. Meanwhile, the cumulative standard deviation decreases with increasing sample size. The standard deviation (r), is calculated as
where D½1; 0 is the arithmetic mean drop diameter, and was between 2 and 15% for all cases studied. Another important parameter is the polydispersity index (PdI) which is a measure of the width of the drop size distribution and of the uniformity of the drop size sample. The polydispersity index is defined as
Results and discussion
In this section, the effects of different operating conditions, main channel (chamber) size, jet diameter, and energy dissipation on drop size and drop size distribution are discussed, whilst the overall performance of the impinging-jets cell on the formation of dispersions is compared to that of other contactors.
Effect of total jet velocity and phase ratio on drop size
The effect of total jet velocity, u j,t , defined as the sum of the jet velocities of the two phases, on the Sauter mean drop diameter is shown in Fig. 5 for two different dispersed to continuous phase flowrate ratios for the 2 mm main channel and for nozzle diameters (d j ) of 0.25 mm. The dispersed (organic) phase superficial jet velocities (u j,d ) varied between 0.3 and 1.4 m/s while those of the continuous (aqueous) phase, u j,c , varied between 2 and 6 m/s. It can be seen that the mean drop size decreases with increasing total jet velocity for both phase ratios. In addition, for the whole range of total jet velocities, it was observed that the decrease followed a similar trend regardless of the phase ratio, while it resulted in similar drop sizes. This illustrates that the total jet velocity is the dominant parameter for drop formation. Similar decrease in drop size with total jet velocity was also observed when the large main channel was used (3 mm).
The effect of dispersed (organic) to continuous (aqueous) phase flowrate ratio on drop size at constant total jet velocity equal to 4 m/s is shown in Fig. 6 for individual jet velocities varying between 0.2 and 3.8 m/s. In general, the drop size increases with increasing dispersed phase ratio. The change is larger at low phase ratios where the size increases almost 3 times with an increase in phase ratio from 0.05 to 0.15. The increase is less (about 14%) at high phase ratios. By increasing the phase ratio, the energy dissipation rate in the collision zone of the two jets decreases and larger drops are formed, as will be shown in the following section. The drop size distributions were also found to be affected by the phase ratio; at phase ratio 0.05, a very narrow drop size distribution is obtained ranging from 0.05 to 0.14 mm, whilst at phase ratio 0.28, the distribution is wider and extends from 0.05 to 0.6 mm (insets in Fig. 6 ). However, the percentage of small drops (in the range of 0.05 and 0.1 mm) in the case of the high phase ratio is low. Similar results were also found in the large 3 mm main channel.
The interfacial area (a) is an important parameter for dispersed flow applications in mass transfer. The interfacial area can be calculated from the Sauter mean diameter D[3, 2] as follows (Shi et al., 2015) :
where u is the volume fraction of the dispersed phase (u ¼
The variation of interfacial area with total jet velocity is shown in Fig. 7 for the 2 and 3 mm main channels and all phase ratios tested (0.05-0.28). As can be seen, the interfacial areas depend mainly on the jet total velocity whilst, the effect of phase ratio is relatively small. For example, in the case of the 2 mm channel at total jet velocity 4 m/s, the interfacial area decreased only by 23% for a phase ratio decrease from 0.28 to 0.05 (82% decrease). The interfacial area followed similar trends with the total jet velocity for both channel sizes, and varied between 2000 and 11,500 m 2 /m 3 . The increase in interfacial area at total jet velocities from 2 to 4 m/s is small for both cells, whilst beyond 4 m/s it increases significantly. Interfacial areas are comparable for both cells at total jet velocities up to about 5 m/s, while beyond this velocity higher values of interfacial areas are obtained in the large cell. The Re j of the continuous phase for these cases in the 3 mm channel reached up to 2700 and is higher than in the 2 mm channel. High continuous phase Re leads to the formation of small drops and hence large interfacial area. The values of interfacial area obtained are one to two orders of magnitude higher than the interfacial areas obtained in conventional liquid-liquid contactors, such as stirred vessels (Fernandes and Sharma, 1967) or packed bed columns (Verma and Sharma, 1975) , and almost three times higher than in intensified capillary contactors (0.5-2 mm ID, (Tsaoulidis and Angeli, 2016) ; 0.5-1 mm ID, (Kashid et al., 2007) ). They are also higher compared to interfacial areas previously reported in the literature for two impinging-jets reactors, which varied from 350 to 900 m 2 /m 3 and calculated using the chemical method (d j = 1 mm, 1.5 mm internozzle distance, (Dehkordi, 2002) ). The effect of phase ratio on drop size and interfacial area is presented in Fig. 8 for the 3 mm channel and 0.5 mm jet diameters for either the dispersed or the continuous phase jet velocity constant. In all these conditions, the organic phase forms the dispersed drops. As expected, there is an increase in drop size as the dispersed to continuous phase ratio increases in both cases. However, the increase follows different trends; when the dispersed phase jet velocity is constant the increase in drop size is large; for example, the drop size increases by 2.5 times when the phase ratio increases from 0.05 to 0.1. When the continuous phase jet velocity is constant, on the other hand, the increase in drop size with phase ratio is small. This is attributed, as discussed before, to the dominant effect of total jet velocity on drop size. When u j,c is constant, an increase in the ratio is associated with a small change in the total jet velocity from 4.4 to 4.8 m/s, while when u j,d is constant an increasing ratio is associated with significant decrease of the total jet velocity from 3.6 to 1.9 m/s.
The interfacial area (a) also follows a different trend in the two cases. At constant u j,d there is a slight decrease in (a) with increasing phase ratio, whilst at constant u j,c there is a large increase. It was also found that drops were more uniform (average PdI = 0.12) when the continuous phase jet velocity was kept constant, than when the dispersed phase jet velocity was constant (average PdI = 0.18).
The effect of phase ratio on the drop size distribution is shown in Fig. 9 for different continuous (aqueous) phase jet velocities and constant dispersed phase jet velocity (black squares in Fig. 8) . By increasing the dispersed to continuous phase flowrate ratio, the drop size increases and the distribution becomes wider. It can also be seen that by increasing the phase ratio the percentage of small drops decreases, while the percentage of large drops increases. The high percentage of small drops at phase ratio 0.05 is associated with the high Re number of the continuous phase (high Q c ) which affects the deformation and breakup of the dispersed phase.
Effect of main channel (chamber) size
To investigate the effect of the main channel size on drop formation, two different channel diameters were used (2 and 3 mm), whilst the nozzle diameter was the same (d j =0.25 mm). The continuous phase jet velocity varied from 2.8 to 5.44 m/s, and the dispersed phase jet velocity was between 0.68 and 1.36 m/s. It was found that the chamber size influenced the drop size because it affected the flow field in the impingement zone (Fig. 10) and the shape of the formed liquid jets (Fig. 11 ), especially at low jet velocities. In the small channel (D = 2 mm) at low jet velocities, drops detached from the end of the jet (Fig. 11a) at diameters larger than the jet diameter. In addition, the drops, instead of flowing away, circulated in the impingement cell (Fig. 10b) , which increased their rate of collision with other drops and resulted in coalesce that gave larger drops and a wider drop size distribution. This was not observed however, in the large channel where the drops flowed directly away from the impingement zone (Fig. 10a) . At high jet velocities in both channels, the dispersed phase jet destabilised immediately after exiting the nozzle tip (Fig. 11b ) and once formed, the drops flowed downwards from the impingement zone.
The effect of main channel size on the drop size distribution is shown in Fig. 12 , for the lowest and highest dispersed phase jet velocity, 0.68 m/s and 1.36 m/s, respectively. At low jet velocities ( Fig. 12a and c) the drop size distribution is wider in the small channel (drop sizes between 0.05 and 0.55 mm), than in the large one (drop sizes between 0.03 and 0.40 mm), and the Sauter mean diameter is larger. At high jet velocities (Fig. 12b and d) , the drop size distributions are narrow for both channels. The drops are smaller than the diameter of the jet in both cases, with sizes varying between 0.04 and 0.23 mm. Although the drop size distribution was wider for some cases in the 2 mm channel compared to the 3 mm one, in general the PdIs were similar; the PdI varied between 0.12 and 0.19 in the 2 mm channel, and between 0.10 and 0.18 in the 3 mm channel.
The Sauter mean diameters in both channels are shown in Fig. 13 for a flowrate ratio equal to 0.25. The difference between the drop sizes is large at low dispersed phase jet velocities, and decreases significantly at high jet velocities. The interfacial area increased with increasing dispersed phase jet velocity for both channel sizes, whilst on average the interfacial areas were $20% higher in the large channel compared to the small one.
Effect of nozzle diameter
The effect of nozzle diameter (d j ) on drop size was also investigated for two nozzle sizes equal to 0.25 and 0.5 mm, under the same jet velocities. The jet velocities varied from 0.85 to 5.44 m/ s. The drop size distributions for the 3 mm channel are shown in Fig. 14 for increasing dispersed phase jet velocity at phase ratio equal to 0.25. As can be seen, the D[3, 2] did not vary significantly, but the polydispersity index (PdI) was lower with the 0.5 mm nozzle compared to the 0.25 mm one for the same conditions. This can be explained by the formation of satellite droplets with the small nozzles because the jet expands as it emerges from the nozzle for this case. As can be seen in Fig. 14 , the percentage of fine drops (<0.08 mm) in the case of the 0.25 mm nozzle size at all conditions examined is larger than that of the 0.5 mm. For both nozzles, the distributions are shifted to smaller drops at the left and the polydispersity index (PdI) decreases as the jet velocity increases. Drops formed with the large nozzle have sizes almost 3 times smaller than the diameter of the nozzle. At the high jet velocity (u j,d = 1.36 m/s), drops formed with the small nozzle have sizes smaller than the nozzle diameter as well.
Effect of continuous phase
Drop sizes were also measured when the aqueous phase was dispersed. As can be seen in Fig. 15 , when the aqueous phase is dispersed, the average drop size is almost 4 times larger than when the organic phase is dispersed under the same conditions (jet velocity, flowrate phase ratio). The formation of drops is a result of the deformation of the jet of the dispersed phase during the collision of the two phases in the impingement zone. Thus, the higher the Reynolds number of the continuous phase the higher the external inertial stresses that tend to deform the jet and create small drops. When the aqueous is the continuous phase, the continuous phase Re varies between 678 and 1360, whilst when the organic is the continuous phase, Re varies between 319 and 637. The results also indicate that when the aqueous phase is dispersed, the dispersed phase jet velocity (u j,d ) affects the drop size more than when the organic phase is dispersed. In addition, when the aqueous phase is dispersed the polydispersity index is lower (PdI = 0.05) than when the organic phase is dispersed. The effect of total jet velocity on drop size distribution for aqueous dispersed phase is shown in Fig. 16 at phase flowrate ratio equal to 0.25. As expected, the distribution is shifted to the right as the jet velocity decreases and bigger drops form. 
Drop size evolution along the channel
The dispersions formed are not stable and the drop size can change in the main channel downstream the jet impingement zone due to breakage and coalescence phenomena. To study the evolution of drop size, measurements were taken for water continuous dispersions in three axial locations; in the jet impingement zone and at two further positions downstream, L/D = 7.5 and L/D = 15, respectively, where L is the channel length. The Sauter mean drop size at the different locations is shown in Fig. 17 for the 2 mm main channel and both jet diameters equal to d j = 0.25 mm. The results are plotted as a function of mixture velocity in the main channel, which is expected to affect the evolution of the drop size. The phase ratio was kept constant at 0.17. As can be seen, at the low mixture velocity the average drop size increases downstream, which suggests that coalescence takes place after the impingement zone. The increase in drop size happens within the first part of the test section (up to L/D = 7.5) while after that the average drop size does not change. At the high velocities, the average drop size does not change along the channel length investigated.
The drop size distributions in the mixing zone and at L/D = 7.5 for the low mixture velocity (0.037 m/s) are shown in Fig. 18 . Although the width of the distribution is similar in both cases, with drop sizes ranging from $0.1 to $0.6 mm, in the mixing zone higher percentage of drops have smaller sizes than in L/D = 7.5. About 90% of the drop sizes obtained in the mixing zone are below 0.45 mm, whilst at L/D = 7.5 only 70% of the drop sizes are below 0.45 mm.
Average profiles of the drop velocity (u d ) normalised against the mixture velocity for 3 different mixture velocities and phase ratio equal to 0.17 are shown in Fig. 19 . Velocity data were obtained at L/ D = 7.5 since no change on the average drop size was noticed further downstream. The results indicate that drops flow at different velocities depending on their radial position, whilst there is symmetry to the channel centreline. Close to the channel centre drops move faster than the mixture velocity, while close to the wall they are moving with lower velocity than the mixture. The drop velocity will affect their residence time in the channel, which is important for mass transfer applications.
The relationship between D[3, 2] and the maximum drop diameter (D max ) is presented in Fig. 20 for all cases investigated. D max was taken equal to D 95 , the diameter corresponding to 95% of the cumulative drop volume curve. A proportionality coefficient between the two diameters close to unity implies a very narrow distribution. It was found that this coefficient is not constant for the whole range of conditions investigated, although it does not vary significantly, i.e. 0.68-0.82. The proportionality coefficient is higher when the aqueous is the dispersed phase. In both cases, however, the proportionality coefficients are higher to those found in stirred tanks (Zhou and Kresta, 1998a) and static mixers ( (Berkman and Calabrese, 1988) , where the coefficients vary between 0.42 and 0.69. The values of the coefficients were independent of the main channel size and the nozzle diameters.
In most cases, the Sauter mean diameter is related to the shape of the drop size distribution. Researchers have used various distributions to fit their experimental data (Angeli and Hewitt, 2000; Calabrese et al., 1986; Simmons, 1977; Sprow, 1967; Tavlarides and Stamatoudis, 1981) , with the log-normal and normal distributions the ones used commonly. In the current study the cumulative drop size distributions were found to be best described by a lognormal function when the organic phase is dispersed in the 3 mm channel, whilst in the other two cases, i.e. organic phase dispersed in the 2 mm channel and aqueous phase dispersed in the 3 mm channel, the distributions were best described by the normal function.
The change on drop size as a function of the specific energy dissipation rate (e) in the impingement zone for the two different main channel sizes (2 mm and 3 mm), the two nozzle diameters (0.25 mm and 0.5 mm), and phase ratios varying from 0.05 to 0.28 is shown in Fig. 21 . The value of (e) in the impingement zone is estimated following the works by Siddiqui et al. (2009) and Mahajan and Kirwan (1996) , as follows: where V iz is the volume of the impingement zone and q is the density of the mixture. The rate of the kinetic energy input (P k ) can be expressed as
where _ m d and _ m c are the mass flowrates (kg/s), whilst u j,d and u j,c are the superficial velocities (m/s) of the opposing jets of the dispersed and the continuous phase respectively. The two immiscible jets collide in the cell and the velocities are redirected. The kinetic energy associated with each stream is dissipated within a very small volume and induces a turbulent-like motion which intensifies the mixing and in the case of immiscible liquids enhances the breakage of drops. Normally, the zone where mixing is intense (impingement zone) is limited to a small region of the total volume of the impinging-jets cell. In addition, the volume of this zone for a particular cell configuration fluctuates depending on the Re j . Here, the volume V iz is taken as the volume of a cylinder with height equal to its diameter, and equal to the diameter of the channel. As can be seen from Fig. 21 , in general, the Sauter mean drop diameter decreases with increasing specific energy dissipation rate. When the organic phase is dispersed the same energy dissipation rate resulted in smaller average drop sizes in the 3 mm channel compared to the 2 mm one, particularly at the low energy dissipation rates, where the continuous phase Re in the 3 mm channel is higher than in the 2 mm one. At high energy dissipations rates the average drop sizes reach the same minimum value regardless of the channel size. In addition, the drop size decreases faster in the small channel compared to the large one. At low values of (e) it is observed that for the same energy dissipation rates, larger drops form when the organic is the continuous phase in the 3 mm channel, which is attributed to the lower Re c than when the aqueous is the continuous phase. As can also be seen in Fig. 21 (inset) the nozzle diameter does not affect the average drop size for the same energy dissipation rates. The Sauter mean average drop diameter can be related to the specific energy dissipation rate as follows D½3; 2 ¼ ke
Àb ð7Þ
The value of the power [b] varies between 0.21 and 0.43 (Fig. 21) . The dependency of the Sauter mean drop diameter and drop size distribution on the specific energy dissipation rate has also been investigated previously for different liquid-liquid contactors (Zhou and Kresta, 1998b) . From investigations of the emulsification processes of sunflower/water system with added surfactants in an impinging-jets device Siddiqui and Norton (2012) reported that the power [b] varied between 0.094 and 0.358. In stirred tanks for different viscosity systems, Aldana (2005) found that the power of [b] was between 0.07 and 0.48, whilst Davies (1987) found a value of 0.4.
Conclusions
The formation of liquid-liquid dispersions in an impinging-jets mixer was studied experimentally. The jets were formed in two opposing channels with the same internal diameter of either 0.25 or 0.5 mm, and collided in a main channel with internal diameter of either 2 or 3 mm, which was perpendicular to the previous two. Both aqueous and organic continuous dispersions were formed depending of the flowrate ratio of the two phases. Drop sizes were studied in the mixing zone and further downstream with high speed imaging.
It was found that the drop size was mainly affected by the total velocity of the two jets, while the effect of the flowrate ratio of the two phases was not as significant. In addition, the interfacial area increased with increasing total jet velocity. The impinging-jets mixer produced interfacial areas almost three times larger than capillary contactors at similar mixture velocities, and up to two orders of magnitude larger than conventional contactors.
Drop sizes were in general larger in the organic than in the aqueous continuous dispersions. In addition, the PdI in the impinging-jets cell had an average value of 0.13 in the aqueous continuous dispersions, and 0.05 in the organic continuous dispersions, indicating a very narrow distribution. The size of the main channel also affected the drop size and, interestingly, smaller drops were formed in the large channel compared to the small one, which is important for scale up purposes. For the conditions investigated, the drop sizes did not change significantly at distances equal to 15 channel diameters downstream the impingement area. The drops acquired a parabolic profile as they were flowing in the main channel, which affects their residence time. The Sauter mean drop diameter was found to decrease with increasing specific energy dissipation rate in the impingement zone, following a relation of the form $e Àb . At low energy dissipation rates the drop size depended on the phase flowrate ratio and main channel size, whilst there was no obvious effect at higher e values.
The current results indicate that impinging-jets cells can generate small drop sizes with narrow distributions at high throughputs. Further studies will explore the effects of different fluids properties and of a wider range of geometrical characteristics on the performance of the impinging-jets mixer. 
